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a  b s  t  r  a  c t
An experimental investigation of mass transfer between bubbles, slugs and lubrication films
is  performed by means of optical techniques for air–water Taylor flows in a  3  mm glass chan-
nel.  Bubble size, shape and velocity, as well as slug size and film thickness, are  measured
by use of the  shadowgraphy technique. The PLIF-I technique, with associated specific tech-
nical adjustments and image processing methods, gives access to the  dissolved oxygen
concentration in the liquid phase with high spatial and temporal resolutions. Values of con-
centration are measured in the  slugs and, for the first time, in the lubrication films, leading
to  the quantification of mass transfer contributions from caps and from the central bubble
body. Results for overall mass transfer are compared to literature models based on volumet-
ric  coefficient kLa.  Among them the model proposed by Van Baten and Krishna (2004), which
considers cap and film contributions to kLa. They are found to fail to accurately predict the
experimental data of average O2 concentration in the  liquid phase for short slugs (Ls < 2dc).
An  improved version of this model is proposed, allowing calculation of O2 concentration for
films  and slugs along the channel. The model needs flow characteristics, which are obtained
by  shadowgraphy.
1.  Introduction
Over the past several years, it  has been claimed that structured
reactors offer interesting possibilities in the field of chemical
reaction engineering. Amongst them, monolith reactors, also
known as ‘honeycomb reactors’, have appeared as  a  cutting-
edge technology for gas–liquid catalytic reactors in regard to
conventional reactors, which suffer various drawbacks. These
include liquid back-mixing and  need for catalyst separation
and recycling (in slurry bubble columns), significant attrition
of  the catalyst (in fluidised-beds), and  significant pressure
drop and diffusional limitation (in fixed-beds). Monolith reac-
tors have been the focus of considerable study for almost four
decades as they promise to overcome these problems. As  well
as other interesting points (such as  low pressure drop, low
risk for fouling or clogging and  for hot spots), monolith reac-
tors host in their channels specifically tunable gas–liquid flow
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regimes. One such regime, the so-called Taylor flow (or bubble-
train or  slug flow) leads to interesting values of interfacial area
and  of rates of mass transfer (Heiszwolf et al., 2001; Vandu
et al., 2005), which is particularly convenient as gas–liquid
mass transfer is  the limiting phenomenon when fast chem-
ical reactions are involved. The overall volumetric gas–liquid
mass transfer coefficient, kLa, was reported to be much larger
in monolith reactors operating in  the Taylor flow regime
(0.1–1  s−1)  (Heiszwolf et  al., 2001; Vandu et al., 2004) than in
stirred tanks (0.03–0.4 s−1), bubble columns (0.005–0.25 s−1)  or
packed beds (0.004–1 s−1)  (Yue et al., 2007). This enhanced
mass transfer was attributed to the existence of a thin  liq-
uid film (a few tens of mm) laying between the bubble and
the channel wall, as  well as  to the efficient convective mixing
within the liquid slugs provided they are short enough (Mehdi
et al., 2013). What is more, the  lubrication film  contribution to
mass transfer becomes crucial when a heterogeneous reaction
http://dx.doi.org/10.1016/j.cherd.2016.09.001
occurs at the catalyst coated wall because a  sharp concentra-
tion  gradient is locally generated in this case. So far, empirical
correlations for the volumetric (liquid side) mass transfer coef-
ficient, kLa,  are available in literature for Taylor flows, but
knowledge and understanding of the phenomena occurring at
the local scale are still lacking, which could lead to pre-design
rules and scaling laws for monolith reactors.
In  the present work, mass transfer is investigated at the
bubble and slug scale in Taylor flow in  a  channel of 3  mm
of internal diameter, by  use of non-invasive techniques with
high spatial and temporal resolutions: shadowgraphy and Pla-
nar Laser Induced Fluorescence with dye Inhibition (here after
PLIF-I). The  objectives are (i) to measure dissolved gas concen-
tration values in liquid phase, (ii) to compare them to existing
mass transfer models in order to sort those of most relevance,
(iii) to quantify lubrication film and bubble cap contributions
in  an attempt to understand the phenomena taking place, and
(iv) to  propose an improved model, allowing for the prediction
of the dissolved oxygen concentration [O2]  in films and slugs
along the channel. This model, based on phenomenological
considerations, is intended as  a method for fast and easy esti-
mation of gas–liquid mass transfer for pre-design of monolith
reactors.
2.  State  of  the  art:  mass  transfer  in  Taylor
flow
2.1.  Experimental  investigations
It was shown that kLa values measured in monolith reactors
correlate rather well with those predicted from single-channel
models (Heiszwolf et  al., 2001; Vandu et  al., 2004). Most works
on gas–liquid mass transfer have been devoted to single milli-
metric capillaries (Vandu et al., 2005; Mehdi et al., 2013; Bercˇicˇ
and Pintar, 1997; Irandoust et  al., 1992; Van Baten and Krishna,
2004; Shao et al.,  2010; Liu and Wang, 2010; Hassanvand and
Hashemabadi, 2012; Pan et  al., 2014) and the experimental
contributions have provided data measured at the inlet and
at the outlet of  a channel. The relative contributions of bub-
ble caps  and lubricating film to  the gas–liquid mass transfer
have been thoroughly discussed, but conclusions were mainly
drawn for non-reactive systems where film saturation with the
transferring species may hinder its  contribution. No experi-
mental work has  yet investigated the specific contributions
from lubrication films and  from bubble caps and few chem-
ical engineering models have been proposed in literature to
take into account those contributions (Hatziantoniou et al.,
1986; Nijhuis et al., 2001; Kreutzer et al., 2001).
Recently, non-invasive experimental methods have
appeared, allowing fully developed Taylor flows to be suc-
cessfully studied (Tan et al.,  2012; Dietrich et  al., 2013;  Yao
et  al., 2014). However, some of these  methods are  suitable
for specific fluid systems only, where chemical reaction and
chemical enhancement factor are implied, or are valid for
very small reactors only. What is  more, these  techniques do
not permit the investigation of the lubrication film.
2.2.  Existing  models  for  mass  transfer  in  Taylor  flows
As the liquid phase in Taylor flow consists of a  train of mixed
slugs, it  has often been represented, for mass transfer pur-
poses, using the plug flow model (Bercˇicˇ and Pintar, 1997;
Vandu et al.,  2005; Shao et al.,  2010; Yue et al.,  2007). For
this kind of model, uniform velocity and  concentration are
assumed for the liquid phase over the channel cross section,
regardless of the actual structure of the flow. A single value of
kLa is then used to express mass exchange between gas and
liquid phases:
uTP
dC
dz
= kLa[C∗ − C(z)] (1)
where z is  the axial coordinate along the channel, uTP is  the
total superficial velocity of fluids (gas plus liquid) in the chan-
nel, C(z) the current concentration of transferred gas in the
liquid phase, and C* the saturation concentration of dissolved
gas in the  liquid. Note that a is  considered here as the interface
surface per unit volume of channel. Eq. (1) can be integrated
into:
C(z)
C∗
=  1 −
[
1 − C(z = 0)
C∗
]
exp
(
−kLa
z
uTP
)
(2)
Correlations for kLa estimation are  found in literature; the
major ones (i.e. most often cited) are  listed in Table 1.  The
major advantage of the plug flow model associated with these
correlations for kLa is that it can be applied with the knowl-
edge of phase flow rates, channel diameter, fluid properties
and bubble and slug lengths only. The Bercˇicˇ and Pintar (1997)
correlation (Eq. (A) in Table 1) was established for long bub-
bles with almost saturated films. In the correlations from Van
Baten and Krishna (2004) (Eqs. (B1) and (B2)), the contributions
from caps (left term in equations) and film (right term in
equations) to mass transfer are evaluated on the basis of the
Higbie penetration mass transfer model and of falling film the-
ory, respectively. Note that conditions of establishment of the
correlations proposed by  Van  Baten and  Krishna (2004) corre-
spond to short contact time of the liquid film (f < 0.1ı
2
f
/D).
Eq. (B1) uses the exact dimensions of bubble, film and  slug,
unlike Eq. (B2) where these dimensions are estimated thanks
to  the operational parameters (for instance film length, Lf−b,
is  estimated from LUC and  the ratio of bubble and unit cell vol-
umes), and  may lead a priori to less accurate results. Vandu
et al. (2005) correlated film contribution only, based on the
(kL)f −b suggested by Van Baten and Krishna (2004), where a
multiplicative value of 4.5 best fitted the experimental data of
air absorption in  water in 1–3  mm diameter capillaries of cir-
cular and  square cross-sections. Eq. (C1)  should then be valid
for Taylor flows in which film contribution is dominant. Shao
et al. (2010) tuned the multiplicative constant in Eq. (C1) to
match CFD computed results for the  case of CO2 absorption
into an  aqueous solution of NaOH. The correlation from Yue
et al. (2007) (Eq. (D)) was derived for narrow channels (less than
1 mm) in addition to high gas and liquid superficial velocities
(1  m/s  < uTP < 12 m/s).
More recent models take into account the detailed struc-
ture of Taylor flow (Abiev, 2013; Kececi et al., 2009; Svetiov and
Abiev, 2015). Kececi et al. (2009) derive, for rectangular chan-
nels, a theoretical analysis of the recirculation time in the
liquid slugs for laminar flow, and  proposed a correlation for
this characteristic time. Svetiov and Abiev (2015) consider the
liquid slug as stratified in three layers: the film at the wall,
and the inner and outer layers in  the Taylor vortex. For this
model, hydrodynamics terms are evaluated from the Poiseuille
structure of the liquid flow and from the lubrication film thick-
ness, as  correlated in literature (Thulasidas et al.,  1997). The
mass transfer (or transport) terms are determined from dif-
fusion layer consideration and from annular film  theory. This
Table 1 – Correlations from literature for estimation of kLa values (kLa is  expressed in s−1, where interfacial a is
expressed in m2 per volume of unit cell).
Authors Correlation Eq.
Bercˇicˇ and Pintar (1997) kLa =  0.111
u1.19
TP
[(1−εV )LUC ]0.57
(A)
Van Baten and Krishna (2004) kLa = 2
√
2

√
Dub
dc
4d2
b
LUCd
2
c
+ 2√

√
Dub
Lf  −b
4dbLf −b
d2c LUC
(B1)
Van Baten and Krishna (2004) kLa = 2
√
2

√
Dub
dc
4
LUC
+ 2√

√
Dub
εVLUC
4εV
dc
(B2)
Vandu et al. (2005) kLa =  4.5
√
DuGS
LUC
1
dc
(C1)
Shao et al. (2010) kLa =  3
√
DuGS
LUC
1
dc
(C2)
Yue et al. (2007) ShL a dc = 0.084Re0.213G Re0.912L Sc0.5L (D)
Fig. 1 – Schematic representation of unit cell, bubble, slug
and film.
model needs a differential equation in space (2-dimensional)
and time to be solved, and could be  interestingly compared
to experimental results. In a view of fast and  easy estima-
tion of  gas–liquid mass transfer for pre-design of monolith
reactors, this  model however requires a significant amount of
calculation.
3.  Calculation:  pre-design  model  for  mass
transfer  in  Taylor  flow
As  mentioned in Section 2.2, the Van Baten and Krishna (2004)
model distinguishes the contributions from films and caps to
mass transfer in the unit cell. An overall kLa value is  built for
the unit cell from 2 contributions:
kLa  =  (kLa)caps +  (kLa)f −b (3)
where (kLa)caps =  kL,capsacaps and (kLa)f  −b = kL,f −baf −b. The
terms acaps and af−b are  derived in Eq. (B2) in Table 1. The overall
kLa  value is  weighted in Eq. (1) by  the average driving concen-
tration difference in the whole unit cell. As a  consequence,
in this model, actual volumes and  concentrations for films
and slugs cannot contribute to the  calculation of the resulting
dissolved oxygen concentration.
In this work, the  separate use  of the two contributions is
preferred. To that purpose, separate slug and film zones are
taken into account (see Fig. 1). A channel fed with deoxy-
genated water and  pure O2 gas  bubbles is considered. Focus is
made on a  unit cell of volume VolUC and length LUC,  travelling
along the channel at velocity uTP (Fig. 1). The slug travels at
a  velocity uTP (Thulasidas et al., 1995) and is assumed to be
perfectly mixed. For simplification, it  is considered to be the
same diameter as the bubble (db).  The slug reaches the axial
position z  in the channel at a  time instant t defined as:
t = z
uTP
(4)
The slug is  fed by mass transfer from the bubble cap sur-
faces and by mass exchange with the liquid film layer close
to the  wall. The estimation of mass transfer between bubble
and slug is based on the volumetric coefficient (kLa)caps (per
volume of unit cell) as  expressed by Van Baten and Krishna
(2004) (left term in Eq. (B1), Table 1); however uTP is used in
this relation instead of ub:  the  liquid velocity profile in the slug
is known to conform to  the Poiseuille law (Svetiov and Abiev,
2015) where uTP is the average velocity in the slugs. For mass
exchange between the slug and  liquid film layer, we consider
that the recirculation in slug meets uniform concentration at
film boundary. Following literature analysis of fully-developed
laminar flow in a  circular channel with a  constant bound-
ary concentration (Incropera and DeWitt, 2002; Das, 2010), the
assumption is made that Sh = 3.66, where Sh is  the Sherwood
number. The value of Sh is a constant, independent of Re, Sc,
and axial location (Incropera and DeWitt, 2002). Therefore,
mass exchange between film layer and  slug is  evaluated on
the basis of a volumetric coefficient (kL)f −s, defined as:
(kL)f −s =
3.66D
dc
(5)
where D is the diffusivity of dissolved gas  in the considered
liquid.
Defining Cs and Cf as the concentrations of dissolved gas in
slug and film at time t  (or position z in channel), respectively,
a balance equation of dissolved gas in  the slug volume Vols is
then derived over an infinitesimal time instant dt:
Vols[Cs(t + dt) −  Cs(t)] = {(kLa)caps[C∗ − Cs(t)]VolUC
+ (kL)f −sAf  −s[Cf (t) − Cs(t)]}dt (6)
where the slug volume, Vols, and the  contact area between
the concentrated liquid layer at the wall and  slug, Af−s,  can
be calculated from measured values of unit cell volume, bub-
ble volume, from slug length Ls and film thickness ıf.  The
value of Af−s is expressed as  2rbLf−s or 2rb(1 − εL)LUC, where
εL is defined as the ratio between the length of lubrica-
tion film (along the bubble) and the  unit cell, Lf−b/LUC (see
Fig. 1).
As  shown in  Fig. 1, in  the present work the film consists
of the thin layer at the tube wall along the whole unit cell. It
is fed by  mass transfer from the bubble lateral interface, and
connected to previous and next liquid film layers by a flowrate
qf.  Its local dissolved gas concentration, Cf(z),  can therefore be
evaluated via  the following balance equation established over
a small distance dz along the channel:
qfCf (z + dz)  = qfCf (z) +  {(kL)f  −baf −b[C∗ −  Cf (z)]
− (kL)f  −saf −s[Cf (z)  − Cs(z)]}dz (7)
The coefficient (kL)f −b is  expressed following the  model of Van
Baten and Krishna (2004) by
(kL)f −b =
2√

√
DuTP
Lf −b
(8)
where af−b and af−s are the contact areas between film and
bubble, and film and slug, per unit length of the channel
respectively. As  dz is small compared to  LUC, the considered
element of film (of length dz), depending on its  position z,  can
be located either close to a  bubble or close to a slug. There-
fore it  is necessary that af−b is expressed as 2rbεL and af−s
as 2rb(1  −  εL). Following Svetiov and  Abiev (2015), the value of
qf was  estimated across film thickness ıf by  locally integrat-
ing  the liquid velocity profile in the slug, which, as mentioned
earlier, is known to conform to the Poiseuille law:
qf = 2
∫ rc
rb
u(r)r dr (9)
where
u(r) = 2uTP
[
1 −
(
r
rc
)2]
(10)
From the two coupled Eqs. (6) and (7), the evolution of dis-
solved gas concentrations Cf and Cs along the channel can be
computed with initial values Cf(z = 0)  = Cs(z = 0) = 0. The result-
ing dissolved gas concentration in  the unit cell, CUC, is simply
calculated as the weighted sum of Cs and  Cf:
VolUCCUC = VolfCf + VolsCs (11)
4.  Materials  and  methods
The two  optical techniques used to study the mass trans-
fer in the channel are Planar Laser-Induced Fluorescence
with Inhibition (PLIF-I) and  shadowgraphy. Both techniques
are non-intrusive. Shadowgraphy is a  well-known technique
which involves illuminating the subject of study by a  diffuse
light source and recording images of its  shadow (Settles, 2001).
The basic  principle of the  PLIF-I technique lays on the  exci-
tation of a fluorescent dye by  light  at a  specific wavelength
which the dye absorbs. The dye then emits light at a  different
wavelength and  varying intensities due to different inhibiting
factors, such as the presence of dissolved molecular oxygen
(Dani et  al., 2007). When rigorously applied, this technique
allows the capture of images of the dissolved gas  concentra-
tion  field. The PLIF-I technique has been used for a  decade and
can be applied to various gas–liquid systems, like free rising
bubbles (Dani et al.,  2007; Valiorgue et al., 2013;  Häber et al.,
2015; Jimenez et al., 2013a) or confined interfaces (Roudet,
2008; Jimenez et al.,  2013b). However, the signal to noise ratio
may be poor if the laser does not excite the dye at an opti-
mised wavelength. Furthermore, incident and fluorescence
lights may be reflected on wall and bubble interface, leading to
data processing difficulties and  non-negligible uncertainties.
Fig. 2 – Experimental set-up.
In  this  work, the  laser wavelength has been adjusted to the
dye excitation spectrum, and a specific data processing has
been developed to  take light scattering into account. General
and  specific principles of the techniques are described in the
next sections.
4.1.  Experimental  test-rig
The mono-channel is  a calibrated glass tube with a
circular cross-section and has  an internal diameter of
3 mm ± 0.01 mm. The gas is injected into the liquid through
a  T-mixer located at the channel inlet. It can be set-up so that
the inlet can be either at the top  or bottom of the channel to
allow ascending or descending con-current flows to be gener-
ated. The gas flow rate is regulated by  a Brooks SLA5850S mass
flow meter connected to a  West 6100+ digital controller. The
liquid phase, consisting of water and dissolved dye, is  sup-
plied from a  20 L reservoir tank and  is circulated in  a  closed
loop by  a  Tuthill D-series gear pump with the flow rate reg-
ulated by a  Bronkhorst CORI-FLOW mass flow controller. The
gas  and  liquid are separated at the outlet. The gas is  exhausted
to ambient and the liquid returns to the reservoir tank. A  gas
injection sparging system is included in the liquid reservoir
tank. This enables the liquid to be  deoxygenated by nitrogen,
or given a known oxygen concentration for PLIF-I calibration,
described later in Section 4.3. A  schematic representation of
the setup is shown in  Fig. 2.
During the mass transfer experiments, either oxygen or
nitrogen was used as  the gas phase in the channel, and nitro-
gen gas is sparged into the liquid reservoir to remove any
dissolved oxygen present before it  enters the channel. The
oxygen concentration at the outlet of the channel is  measured
by a  Unisense OX-50 micro sensor connected to a  Unisense
Table 2 – Liquid phase physical properties at  21 ◦C.
Density (kg/m3)  998
Dynamic viscosity (mPa s)  1.05
Surface tension with air (mN/m) 71.2
Henry’s constant (mol/m3/Pa) (Sander, 2015) 1.22 ×  10−5
Mass diffusivity (m2/s) (Han and Bartels, 1996) 1.77 ×  10−9
PA2000 amplifier. This sensor was used to measure the  total
mass transfer along the channel length.
4.2.  Imaging  and  laser  systems
The camera used for the PLIF-I and shadowgraphy imaging
was a  PCO Edge 5.5 sCMOS camera whose resolution has been
reduced to 2560 ×  402 pixels to image the channel area of inter-
est only and to enable a  higher frequency of acquisition. It
is fitted with a Nikon 105 mm Macro f/2.8 lens  and  extended
with a series of extension tubes with a  total length of 68 mm.
A 540  nm OD 6 high-pass filter is  placed in front of the camera.
For the shadowgraphy experiments, a 120  × 160  mm Phlox
LED panel is used as the light source. It is  positioned behind
the channel, perpendicular to the axis of the camera. The
imaged section of channel is surrounded by  a glycerol filled
visualisation box. As the refractive indices of glycerol and
glass are almost identical, any refraction or reflection of light
as  it  passes through the channel walls becomes negligible
(Schröder and Willert, 2008). The camera acquires images at
a frequency of 100 Hz and with an exposure time of 100 ms,
effectively freezing the flow.
The light source used for the PLIF-I experiments is an
Opotek Opolette 355 tunable laser system. The advantage
of  using this system is  that it  can generate wavelengths
over a  broad range and thus allows for the tuning of the
laser light to  the maximum excitation wavelength of the
PLIF-I dye being used. The dye used in these experiments
is Dichlorotis (1,10-phenanthroline) ruthenium(II) hydrate
(C36H24Cl2N6Ru·xH2O) [CAS No. 207802-45-7]. By exciting it at
its  maximum absorption wavelength (max = 450  nm, E  = 5 mJ),
the resulting emission is maximised and an image with an
excellent dynamic range is  produced. During this  study, it has
been verified that images produced using the Opolette laser
have a  dynamic range approximately 3  times greater than
those produced while using a frequency doubled Nd:Yag laser
( =  532  nm, E = 200 mJ). The 540  nm filter installed on the cam-
era is  designed to block the  light at the laser  wavelength but
allow the resulting light  at the fluorescence wavelengths to
pass. The  dye is  directly soluble in the aqueous phase and is
used at a low concentration of 50 mg/L. As  a  consequence, it
does not significantly alter the liquid phase properties, which
have been specifically measured or calculated for this study
(see Table 2), and presents constant calibration parameters
(Jimenez et al., 2014). Additional tests also showed that there
was no photobleaching of the fluid during experiments.
The laser system is  equipped with a lens  system which
produces a  diverging laser sheet with a  thickness of 280  mm
which was measured in-situ. The laser light sheet is pos-
itioned to pass through the centerline of the channel and
perpendicular to the axis of the camera. A  motorised vari-
able attenuator ensures stability of the laser energy pulses.
The standard deviations in gray level intensity values show,
for three individual pixels in  a sequence of concentration cal-
ibration images, a  time variation of less  than 5% from the
mean.
For the PLIF-I images, the camera acquisition is triggered by
the laser. The camera acquires images at a frequency of 20 Hz
and  with an  exposure of 100 ms,  with the camera frequency
of  acquisition limited by  the maximum repetition rate of the
laser system.
4.3.  Experimental  procedure
The presented tests were performed at 21 ◦C and  101.325 kPa
respectively. Four oxygen concentration values along the
channel length can be quantified: one at the inlet, another at
the outlet (using the oxygen sensor), and two at intermediate
positions (using PLIF-I technique).
The recorded data allowed the complete processing of four
Taylor flow regimes, among them three in  the ascending con-
figuration and one in the descending configuration. Their
corresponding gas and liquid phase superficial velocities are
presented in Table 3, together with their major characteris-
tics.
For each flow regime, sequences of 5000 shadowgraphy
and  PLIF-I images are recorded. Furthermore, for the same
regime, an additional 5000 shadowgraphy and PLIF-I images
are recorded using nitrogen bubbles in place of oxygen bub-
bles. As  the liquid phase entering the channel is deoxygenated
by nitrogen during the experiments, no mass transfer takes
places between the liquid and nitrogen gas bubbles and there
is therefore no dye quenching. These images are used as ref-
erence images in the image processing stage described in
Section 4.4.
For the imaging of a  certain Taylor flow regime, the
experimental set-up allows for the shadowgraphy and PLIF-I
experiments to be conducted directly one after the other with-
out any movement of equipment or disturbance of the flow in
the channel. It is simply necessary for the required light source
to be activated and the camera set to the corresponding fre-
quency of acquisition to record images with different dynamic
ranges.
At  each position along the channel, calibrations are  also
acquired so the image intensity gray values can be related
to the oxygen concentration. Since oxygen molecules inhibit
dye fluorescence (Jimenez et al., 2014), their presence in  a liq-
uid phase can easily be tracked and  quantified based on the
Stern–Volmer relation:
I0(x, y)
I(x, y)
= 1  + KSV (x, y) ·  [O2](x,  y) (12)
where x and  y  are the coordinates of the considered pixel in
the image, I  is  a pixel gray value at a  certain O2 concentra-
tion [O2], I0 is a  pixel gray value in the absence of O2, and
KSV is the  Stern–Volmer constant. The calibration procedure
involves saturating the liquid at known oxygen concentration
values and recording the resulting fluorescence received by
the imaging system (Dani et al.,  2007). The five concentration
values for the oxygen-nitrogen gas mixtures used were 0%,
5%,  10%, 21% and 100% (in oxygen). For a  given concentration
value, 100 images are used to create a time-averaged image.
The value of KSV can then be determined by a linear regres-
sion fit of the data, pixel-by-pixel. This type of calibration
procedure therefore accounts for laser sheet non-uniformity,
absorption, pixel response non-uniformity, and  lens  vignette
(Webster et  al., 2001; Valiorgue et al., 2013).
Table 3 – Recorded Taylor flow regimes and their major characteristics.
Regime uGS (m/s) uLS (m/s) uTP (m/s) ub (m/s) LUC (mm) Ls (mm) Volb (mm
3)  εL (%) ıf (mm) Axial position of  PLIF-I
z1 (m) z2 (m)
1 (desc.) 0.056 0.161 0.217 0.240 10.2 9.63 16.8 5.6 43 0.595 0.93
2 0.103 0.143 0.247 0.283 12.7 9.89 33.2 22.7 55 0.245 0.625
3 0.045 0.079 0.124 0.140 15.8 12.50 36.4 20.8 46 0.195 0.505
4 0.222 0.118 0.339 0.395 9.7 5.90 38.7 39.3 112 0.195 0.505
Fig. 3 – PLIF-I images of recorded regime 2 (see Table 3) at
z = 0.245 m  (t  = 0.99 s): (a) instantaneous gray value image;
(b) corresponding instantaneous [O2] image; (c)
corresponding time-averaged [O2] unit cell half-image.
4.4.  Image  processing
In order to extract the quantitative data related to the mass
transfer taking place between the two  phases, significant
processing of  the images is required. The processing includes
a number of edge detection, calibration and correction steps,
and is described in detail in Butler et al. (2016). The processing
is realised with a self-developed MATLAB code. Computation-
ally intensive tasks are performed on a  graphics processing
unit (GPU) by integrating custom CUDA kernels.
The application of the image processing on the shadowg-
raphy images leads to the determination of channel wall
position, bubble interface, bubble radius, bubble and slug
lengths, and bubble average velocity.
For the  correction of light scattering effects, two series
of  PLIF-I images are recorded using the same flowrates: one
series obtained with N2 bubbles (no mass transfer between
liquid and gas, no fluorescence quenching) and the other
series obtained with O2 bubbles (showing quenching due  to
mass transfer). The most frequent slug length, i.e. the mode,
is calculated from the combined O2 and N2 images. This value
is used to ensure that a  maximum number of instantaneous
images (at least  100) can be used to create time-averaged
images in which all the slug lengths are exactly the  same.
Before creating the time-averaged O2 images however, the
instantaneous images are first converted from gray values to
[O2]. For this, Eq. (12)  is  used as the KSV calibration described
in Section 4.3 is designed to work pixel-by-pixel. Fig. 3(a)
and (b) show an instantaneous gray value image recorded
by the camera and  the resulting image converted into [O2],
respectively. Fig. 3(c) shows the corresponding time-averaged
[O2]  unit cell image. The [O2]  image colour scale ranges from
0 to 39.524 mg/L. This maximum value C* is the theoretical
saturation [O2]  calculated from Henry’s law (Henry’s constant
is given in  Table 2).
In Fig. 3(a) and  (b), the data hidden by the bubble shadow
cannot be  exploited (lower half of figures). However, the unit
cell is expected to be axisymmetrical about the channel axial
centreline. To calculate the total mass of dissolved O2 in the
liquid phase, an integration of the [O2]  in the half unit cell
(Fig. 3(c)) is performed around the axial  centreline. The vol-
umes of discs corresponding to each pixel revolved around
the axis are calculated using magnification factors determined
from a spatial calibration step.
The liquid phase is then separated into the slug and film
areas in order to determine the individual contributions of the
film and bubble caps to the total mass of dissolved O2.  The film
is defined as the thin region along the channel wall and the
slug is the  remaining liquid phase. Fig. 4 shows the unit cell for
regime 2: the dashed line defines the film boundary. Between
the bubble and  channel wall, the gas–liquid interface defines
the location of the film. In the slug zone, the film location
is determined by detection of the locations of the maximum
gradient of [O2]  close to the wall.
5.  Results  and  discussion
5.1.  Geometrical  and  operational  flow  characteristics
For the four  recorded Taylor flow regimes (one descending
and three ascending), geometrical and operational values are
determined from the shadowgraphy images and are shown
in Table 3. It can be observed that the data shows contrasted
values of bubble velocity ub (0.14–0.40 m/s), two-phase superfi-
cial velocity uTP (0.12–0.34 m/s), slug length (5.9–12.5 mm) and
bubble volume (16.8–38.7 mm3), leading to contrasted values
of the gas holdup εL in the unit cell. Film thickness varies in
the range 43–112 mm.
The film thickness ıf is calculated as the average thickness
between the bubble and channel wall where the bubble inter-
face angle relative to the channel wall was between ±5◦.  For
the first three recorded regimes, the film thickness is found
to  be  55  mm, 43 mm and  46 mm respectively. These values are
found to  be within 10 mm when compared to the relationship
of Aussillous and Quéré (2000) for relatively high  Capillary
number (Ca ∼  0.003). For the fourth regime, showing very short
slugs, a  significant difference is  observed between measure-
ment (112 mm) and prediction (58 mm). Some of the difference
may be due to the fact that this relationship was derived for
bubbles with long lubrication films (5–10 cm) of constant thick-
ness, which is not the case for the regimes presented here.
Furthermore, due to the increased effect of refraction close to
the tube, the uncertainty of the film thickness is  relatively high
Fig. 4 – Measured film boundary for regime 2.
Fig. 5 – Time-averaged PLIF-I images of recorded regimes at different travelling times t: (a) First axial position; (b) Second
axial position. The upper unit cell image is  mirrored about the axial centreline.
as each pixel in this region is  equal to approximately 11 mm.
The film is approximately 3–6  pixels wide.
5.2.  Time-averaged  concentration  fields
Fig. 5 presents the time-averaged [O2] images for each of the
four recorded Taylor flow regimes, at two axial positions along
the channel. The images are presented with a  common scale
so that the difference in flow characteristics (unit cell length,
bubble length, etc.) can be  clearly visualised. It is worth high-
lighting that the unit cell, and the slug itself, are not uniform
in concentration. The zones of greatest [O2]  are visible in  front
of  the  bubble nose and along the channel wall (i.e. in the
film). The effect of slug recirculation on concentration distri-
bution is  clearly observed. The observed patterns of oxygen
iso-concentration areas are very similar to the  patterns com-
puted with CFD by Hassanvand and Hashemabadi (2012) for
millimetric capillaries. However, some differences include the
areas rich in dissolved oxygen in  the central part of slug vor-
tices, which are not observed in  CFD concentration fields.
As expected, in  all cases, the overall [O2]  increases with
time. It is  interesting to note that for regime 4,  corresponding
to the highest uTP and the smallest Ls,  the  average concen-
tration in O2 almost reaches saturation in  a  short travelling
time.
5.3.  Mass  transfer  evolution  along  the  channel
For each recorded Taylor flow regime, the mean concentration
of  dissolved O2 in the liquid phase is measured at the chan-
nel outlet. In Table 4, these values are presented in  terms of
achieved mass transfer relative to complete saturation of the
unit cell  in dissolved O2, and the relative contribution of films
to the  achieved mass transfer is extracted from the processing
of the PLIF-I images at z2 (Fig. 5(b)).
It is  clearly evident that mass transfer between gas  and  liq-
uid phases in Taylor flow is the most efficient when the uTP is
high and when Ls is short (regime 4). It can also be observed
that film  contribution to overall mass transfer remains mod-
erate (less than 40%). This may be explained by  the short
length of film which is in contact with the bubble (less than
4 mm), in all  of the four investigated Taylor flow regimes. Film-
bubble contact times exceed the diffusive criterion (0.1ı2
f
/D)
from Van Baten and Krishna (2004) by  a factor of at least 15.
The weakest film contribution (21%) to the overall mass trans-
fer corresponds to the  shortest contact length (0.57 mm for
regime 1).
The evolution of concentration of dissolved O2 along the
tube and at channel outlet (measured from the oxygen probe),
are shown in  Fig. 6: the mean concentrations in  the  unit cell,
film, and slug are normalised by C*, and plotted at their cor-
responding axial positions z (from tube inlet). The error bars
presented in Fig. 6 for the PLIF-I measurements are estimated
on the basis of the maximum fluctuation of the pixel gray val-
ues that have been used to create the time-averaged images.
The resulting uncertainty was determined to be approxi-
mately ±3%. However, this  value is  probably higher for the
PLIF-I measurements made in the lubrication films, because
of the increased distortion effect in  the vicinity of the tube
wall, and  of the restricted number of pixels to describe the
film area. The latter point makes the uncertainty for film con-
centration difficult to quantify. For the probe measurements,
the uncertainty was found to be  approximately ±4%.
Concerning overall [O2] in  the unit cell, the PLIF-I and
probe measurements are seen to be in good  agreement. The
slope of the  curve is  greater at lower values of z and reduces
Table 4 – Recorded Taylor flow regimes and their major characteristics in  terms of achieved mass transfer at  channel
outlet.
Regime uTP (m/s) Lf−b (mm) Achieved mass transfer (%, C* = 39.5 mg/L) Film contribution for z2 (%) Slug residence time at  z2 (s)
1 0.22 0.57 73 21 4.3
2 0.25 2.91 73 28 2.5
3 0.12 3.29 69 25 4.1
4 0.34 3.8 >99 38 1.5
Fig. 6 – Evolution of dissolved O2 concentration along the channel compared to literature models: (a) Regime 1; (b) Regime 2;
(c) Regime 3; (d)  Regime 4.
significantly as  the flow travels along the channel, indicating
that a  high proportion of the mass transfer occurs close to the
inlet. At the outlet, the liquid is often not yet  fully saturated
(except for  regime 4). Oxygen concentrations in films, which
have been experimentally measured for the first time, clearly
outweigh concentrations in slugs. However, even if films
enrich faster than slugs, their contribution to overall mass
transfer is moderate for regimes 1  to  3  because of their small
volumes (for these cases, Volf /Vols ranges  from 12% to 28%,
whereas it reaches 58% for regime 4), and because their contact
length with bubbles, Lf−b, are short, as shown in Table 4.
5.4.  Models  for  mass  transfer  in  Taylor  flow
The experimental values of overall [O2]  in the unit cell are
used to test the kLa models presented in Table 1, which are
based on the assumption of plug flow. For regimes 1 and  2,
Fig. 6(a) and (b) show that the model from Yue et al. (2007) is
in good agreement with the experimental data (with respec-
tive kLa  values of 0.215 s−1 and  0.220 s−1), and that the models
from Van Baten and Krishna (2004), Bercˇicˇ and Pintar (1997),
and to a  lesser extent Vandu et  al. (2005), give satisfying ten-
dency for the evolution of concentration along the channel.
Fig. 7 – Comparison of the proposed model of separate additive contributions to local experimental data acquired by PLIF-I
technique: (a) Regime 1; (b)  Regime 2; (c) Regime 3; (d) Regime 4.
For regime 3 however (long slugs, Fig. 6(c)), model from Van
Baten and  Krishna (2004) over-estimates mass transfer. Model
from Shao et  al. (2010) does not fit the data. For regime 4 (short
slugs, Fig. 6(d)) all  the tested models clearly under-estimate the
rate of mass transfer. We recall that these models do not con-
sider the actual structure of the flow, even the model from Van
Baten and Krishna (2004) where film and caps contributions
are distinguished but then merged into a  single kLa coefficient,
regardless of  local gradients in concentrations.
The consideration of the separate mass transfer mecha-
nisms (Eqs. (4)–(11)) allows one to  follow the  evolution of the
various local concentrations, as well  as the overall unit cell
concentration (Fig. 7). The flow characteristics required to cal-
culate all the parameters used in these equations are dc,  uTP,
Ls,  Lf−b,  LUC, and ıf. They have been  measured with the shad-
owgraphy technique only and are reported in  Tables 3 and  4.
As  mentioned earlier, values of (kL)f  −b and (kLa)caps used in the
model are  calculated in a  similar way to that proposed in the
model of Van Baten and  Krishna (2004) (Eq. (B2)), other than
the use of uTP in place of ub.
Fig. 7 shows that the model of separate additive contrib-
utions satisfactorily fits the experimental data: this model
predicts the evolution of the unit cell  concentration along
the channel for the  four recorded regimes. In particular, the
fast  increase of gas concentration at channel entrance in  the
case of short slugs (regime 4, Fig. 7(d)) is well reproduced
by the model, whereas the models based on plug flow are
unable to describe [O2] evolution for regime 4  (see the model
of Van Baten and Krishna (2004) shown in Fig. 7(d)). What
is more, the evolutions of film and slug concentrations are
also well reproduced by  the separate additive contribution
model.
As  expected, the model is sensitive to the values of (kL)f −b,
(kLa)caps, and qf,  and to a  lesser extent (kL)f −s. It is however
important to note that, to fit the experimental data, it  was
necessary (i)  to divide (kL)f −b by  a  factor of 35  and (kLa)caps
Table 5 – Mass transfer coefficients used in the model of
separate additive contributions.
(kLa)caps (1/s) (kL)f −b (m/s) (kL)f −s (m/s)
Ls < 2dc
2
√
2

√
DuTP
dc
4
LUC
2
3.5
√

√
Dub
Lf −b 3.66D
dc
Ls > 2dc
2
√
2
1.8
√
DuTP
dc
4
LUC
2
35
√

√
Dub
Lf −b
by a factor of 1.8 for regimes 1 to 3 (long slugs), and (ii) to
divide (kL)f −b by a  factor of 3.5 for regime 4 (short slugs). This
shows that the contribution of films derived by  Van Baten
and Krishna (2004) in  Eq. (8) is greatly over-estimated for
the regimes with long slugs (Ls > 2dc), as  well as for regimes
with long film-bubble contact times (f > 1.5ı
2
f
/D). This may be
explained by the order of magnitude of the velocity used in this
equation, i.e. either uTP or ub, thus considering stagnant film at
the wall,  whereas velocities in the film may be non-negligible,
especially in the case of contaminated bubble surface. Further
measurement of additional regimes and local investigation by
means of Computational Fluid Dynamics should permit the
full determination of this effect. Table 5 summarises the equa-
tions for determination of the mass transfer coefficients used
in  the model of separate additive contributions.
6.  Conclusions
Mass transfer taking place in Taylor flow in a millimetric chan-
nel  has been  successfully quantified. It is  the first time the
PLIF-I technique has been implemented to study this phe-
nomenon. This technique has allowed for the measurement of
the local gas concentration in  the liquid slugs and films. Mass
transfer between gas and  liquid phase was found to be  the
most efficient for short slugs and high total superficial veloc-
ity. Among several available mass transfer models, a relation
estimating the overall volumetric mass transfer coefficient kLa
from the contributions of films and caps to mass transfer, pub-
lished by Van Baten and Krishna (2004), was found unable to
accurately describe the experimental results in the case of
small slugs (in this  study: Ls < 2dc). In the present work, an
improved model was proposed: as  the major geometric and
dynamic characteristics of the flow were known thanks to
shadowgraphy measurements, it  was possible to  derive the
actual separate contributions by  taking into account interfa-
cial mass transfer towards film and slug (on the basis of the
relations suggested by  Van Baten and Krishna (2004) for esti-
mation of  the respective mass transfer coefficients), and  mass
exchange between film and slug. This method gives satisfy-
ing  results regarding overall dissolved gas concentration in
the channel, and also allows for a  very good estimation of
dissolved gas  concentrations in films and  slugs. It has been
further shown that the interfacial mass transfer between bub-
ble and film (kL)f −b is over-estimated by  the relation derived
by Van Baten and Krishna (2004) and needs to be adapted by
use of a correction factor (as presented in  Table 5).
In  future work, more Taylor flow regimes will be inves-
tigated, showing contrasted geometrical and  dynamical
characteristics. Regimes with long bubbles will be of partic-
ular interest to emphasise film contribution to mass transfer.
In  order to estimate more accurately the film contribution for
the model of  separate additive contributions, the order of mag-
nitude of the liquid velocity in the  film will be investigated via
CFD calculations.
Nomenclature
A  contact area (m2)
a contact area per volume of unit cell or per unit length
of channel (m2/m3,  m2/m)
C  dissolved gas concentration (mg/L)
C* dissolved gas  saturation concentration (39.524 mg/L)
Ca Capillary number (–)
D mass diffusivity (m2/s)
d diameter (m)
I  pixel gray value intensity (–)
KSV Stern–Volmer coefficient (L/mg)
kL liquid phase mass transfer coefficient (m/s)
L length (m)
q volumetric flowrate (m3/s)
Re  Reynolds number (–)
r radius (m)
Sc Schmidt number (–)
Sh Sherwood number (–)
t  time (s)
u velocity (m/s)
uGS,  uLS superficial velocity (m/s)
Vol  volume (m3)
x, y  pixel coordinates
z  axial distance from channel inlet (m)
Greek
ı thickness (m)
εL =  Lf−b/LUC length void fraction (–)
εV =  Volb/VolUC volume void fraction (–)
 contact time (s)
Subscripts
b gas bubble
c channel
caps  bubble caps
f  liquid lubrication film
f − b liquid lubrication film between bubble and channel
wall
f − s liquid lubrication film between liquid slug and chan-
nel wall
G  gas phase
L  liquid phase
TP two phase
s liquid slug
UC unit cell
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